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bstract

Experimental and modelling studies have been conducted on catalytic autothermal reforming (ATR) of methane for hydrogen production over
sulfide nickel catalyst on a gamma alumina support. The experiments are performed with different feedstock under thermally neutral conditions.
he results show that the performance of the reformer is dependent on the molar air-to-fuel ratio (A/F), the molar water-to-fuel ratio (W/F) and

he flowrate of the feedstock mixture. The optimum conditions for high methane conversion and high hydrogen yield are A/F = 3–3.5, W/F = 2–2.5
nd a fuel flowrate below 120–250 l h−1. Under these conditions, a methane conversion of 95–99% and a hydrogen yield of 39–41% on a dry basis
an be achieved and 1 mole of methane can produce 1.8 moles of hydrogen at an equilibrium reactor temperature of not exceeding 850 ◦C.
A two-dimensional reactor model is developed to simulate the conversion behaviour of the reactor for further study of the reforming process.
he model includes all aspects of the major chemical kinetics and the heat and mass transfer phenomena in the reactor. The predicted results are
uccessfully validated with experimental data.

2005 Elsevier B.V. All rights reserved.
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. Introduction

Fuel cell technology has been of special interest in recent
ears due to its higher efficiency in energy conversion and no/less
armful emissions compared with other energy conversion sys-
ems. All fuel cells are either fed by pure hydrogen from a storage
essel or by hydrogen-rich gas produced from widely available
uels via a reforming process. A direct supply of pure hydrogen
s desirable for fuel cell. Nevertheless, hydrogen storage still
emains a challenge as the fuel has a very low energy density
nder normal ambient conditions, and this makes storage dif-
cult for mobile applications. Therefore, a reliable method to
nsure a steady supply of hydrogen for mobile fuel cells is to
se reforming techniques, which extract hydrogen from hydro-

arbon fuels such as methane.

Three major thermo-chemical reforming techniques are used
o produce hydrogen from methane and other hydrocarbon fuels

∗ Corresponding author.
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1,2], i.e., steam reforming (SR), partial oxidation (PO) and
utothermal reforming (ATR). The steam reforming of methane
as been studied extensively [3–6]. It is probably the most
ommon and traditional method for producing hydrogen on an
ndustrial scale. Though this process can yield high a concen-
ration of hydrogen (up to 70% on a dry basis), it is strongly
ndothermic and, hence, requires a substantial supply of exter-
al heat. Therefore, a reforming system with a heat-exchanger
ecomes very bulky and heavy, and it has high thermal iner-
ia for frequent start-up and shutdown operation. As a result,
t is not so suitable for a mobile fuel cells. Partial oxida-
ion [7–10] does not have the disadvantage of being endother-
ic, but it produces a high carbon monoxide concentration

7] that is undesirable for polymer electrolyte membrane fuel
ells.

Autothermal reforming [11–16] combines the thermal effects
f the PO and SR reactions by feeding the fuel, water and air

ogether into the reactor. The thermal energy generated from PO
s absorbed by SR and hence the overall temperature is lower.
his is favourable for the water-gas shift reaction which con-
umes carbon monoxide and produces more hydrogen [7,11].
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Nomenclature

b thickness of the reactor wall (m)
Ci mole fraction of gas (i)
cpg heat capacity of gas (J kg−1 K−1)
cpb heat capacity of catalyst bed (J kg−1 K−1)
Di gas diffusivity of species i (m2 s−1)
Ddpi dispersion coefficient (m2 s−1)
dp catalyst pellet diameter (m)
Ej activation energy of reaction j (kJ kmol−1)
�Hi adsorption enthalpy of species i (kJ kmol−1)
�Hj heat of reaction j (kJ kmol−1)
h heat transfer coefficient (W m−2 K−1)
hi, ho heat transfer coefficient on the inside and outside

of reactor wall (W m−2 K−1)
K heat conduction coefficient of catalyst bed

(W m−1 K−1)
Kej equilibrium constant of reaction j (j = 2, 3, 4)
KCH4 adsorption constant
Koi, Koj constant
KC

CH4
adsorption constant

kg heat conduction coefficient of gas (W m−1 K−1)
kj rate constant of reaction j
koj constant
pCH4 partial pressure CH4 (bar)
R universal gas constant (kJ kmol−1 K−1)
Rj rate of reaction j (kmol kgcat−1 h−1)
r radial coordinate (m)
ri conversion rates of species i (kmol kgcat−1 h−1)
Sh heat transfer area per volume of catalyst bed

(m2 m−3)
T, Tg temperatures of catalyst and bulk gas (K)
Ta surrounding temperature (K)
Ta outer reactor wall and surrounding temperatures

(K)
u superficial gas velocity (m s−1)

Greek symbols
α overall heat transfer coefficient through the reac-

tor wall (W m−2 K−1)
ε void fraction of catalyst bed
λ heat conduction coefficient through the wall
ρcat catalyst density (kg m−3)
ρb catalyst bed density (kg m−3)
ρg gas density (kg m−3)

Subscripts
a ambient air
cat catalyst
g gas
i gas species
j reaction index (1–4)
r, z axes cylindrical coordinate
s solid phase
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ence, the autothermal reactor is more compact and practical
or use with mobile fuel cells.

The objective of this study is to investigate the performance
f ATR of methane over a sulfide nickel catalyst on a gamma
lumina support under thermally neutral conditions with differ-
nt compositions of feedstock. Modelling work is also carried
ut to study further the conversion behaviour inside the reactor.

. Experimental study

.1. Equipment

The schematic layout of the equipment used in this study is
hown in Fig. 1. The flowrates of air, methane and water are
utomatically controlled by a computer according to set values.
he fed mixture is heated by either an electrical heater in the
tart-up stage or by hot refomate gas under steady operations to
nsure that water is in vapour phase when entering the reactor.

The reactor is essentially a stainless-steel tube (inner diame-
er = 30 mm, length = 200 mm) that is filled with a sulfide nickel
atalyst. Reactor temperature is measured at 5 points along its
entre length by five thermocouples. The outer reactor wall and
ll the gas pipes are covered by thermal insulation to minimize
eat losses. The reactor operates under atmospheric pressure.
he reformate sample gas is channelled to a system of analyz-
rs, at which its compositions is measured.

.2. Catalyst

The catalyst was a commercial sulfide nickel catalyst Ni-
309S, supported on gamma alumina and was supplied by
ngelhard. This is a new type of commercial catalyst that

s specially used for hydrogen production from hydrocarbon
uel reforming. The reasons for choosing this catalyst is that
t is highly active and relatively cheap and has prospective
se in industries compared with other types of conventional
ickel/alpha alumina catalyst. The catalyst is of spherical shape
nd is ready for use as supplied. The amount of catalyst loaded
n the reactor was 68 g. The physical properties of the catalyst
re listed in Tables 1a and b.

.3. Experimental procedure

To operate the reactor, only methane at a flowrate of 2 l min−1

nd air with an air-to-fuel ratio (A/F) of 6 are supplied initially
o the reactor where the mixture is ignited by sparks from a
park-plug. Heat released from methane combustion heats up
he catalyst bed. When the average catalyst temperature reaches
bout 700 ◦C, steam is added to the inlet mixture and then
ethane, and the A/F and molar water-to-fuel (W/F) ratios are

djusted to the desired values for testing. The feedstock condi-
ions are varied in the range that ensures that the reactor sustains
thermally neutral operation between 500 ◦C and 900 ◦C. Based

n a theoretical analysis of the optimum conditions for autother-
al reforming of methane [11], the A/F is varied from 2.5 to 5

nd the W/F is varied at each A/F. The W/F is increased step-
y-step with increments of 0.5 from a starting value of 1 with
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Fig. 1. Schematic lay

Table 1a
Catalyst properties

Nickel content (wt.%) 9.8
Sulfur content (wt.%) 4.9
Alumina content (wt.%) Balance
Surface area (m2 g−1) 155
Total pore volume (m g−1) 0.9
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version increases with increasing A/F from 2.5 to 3.5 and then
approaches 100% in the full range of W/F under study. With
A/F < 3.5, methane conversion deceases with increasing of W/F.
ize of the sphere (mm) 1.75
verage crush strength (N) 25

time interval between successive steps of at least 30 min for
he reactor to reach a steady-state condition. The reformate gas
oncentration is recorded. The W/F is increased until the reactor
annot sustain autothermal reactions.

.4. Experimental results

The extensive experimental data were recorded and pro-
essed. Typical results under a methane flowrate of 120 l h−1

re expressed in Figs. 2–15. These show the effect of the A/F
he W/F on the performance of the autothermal reactor.

The variation of wet and dry product gas concentrations

gainst W/F at A/F = 3 are presented in Figs. 2 and 3, respec-
ively. Within the range of W/F where the autothermal reac-
ions is sustained, the residual methane increases (i.e., methane
onversion decreases) a little with increasing W/F. Carbon

able 1b
inetic parameters

eaction Koj (mol kgcat−1 s−1) Ej (J mol−1)

9.287 × 102 bar−1.5 30800
9.048 × 1011 bar0.5 209500
5.43 × 105 bar −1 70200
2.14 × 109 bar0.5 211500

F
V

out of the rig.

onoxide decreases and carbon dioxide increases gradually with
ncreasing W/F due to the improved water-gas shift reaction.
n the other hand, the content of water vapour increases dra-
atically in the wet product because the increase in the steam

eforming reaction is not directly proportional to the increase
n the W/F ratio. As a result, the wet hydrogen concentration
ecreases, although its concentration increases in the dry prod-
ct. By contrast, the nitrogen concentration, decreases due to
ncrease in the concentrations of water vapour and carbon diox-
de in the product.

The methane conversion efficiency, which is defined as the
ifference in the moles of methane between the inlet and out-
et of the reactor divided by the moles of methane supplied,
t different A/F and W/F. The results show that methane con-
ig. 2. Wet product gas concentrations at different W/F ratios (A/F = 3,

CH4 = 120 l h−1).
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Fig. 3. Dry product gas concentrations at different W/F ratios (A/F = 3,
VCH4 = 120 l h−1).
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Fig. 6. Variation of hydrogen wet concentration vs. W/F ratio at different A/F
ratios (VCH4 = 120 l h−1).
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u
W/F, as indicated in Fig. 7.
ig. 4. Methane conversion vs. A/F ratio at different W/F ratios
VCH4 = 120 l h−1).

The variation of hydrogen concentration in wet and dry prod-
cts is shown in Figs. 6 and 7, respectively, under different
/F and W/F. The concentration in both wet and dry products
ecreases with increasing of A/F due to the increase of nitrogen

n the products. With a fixed A/F, the wet hydrogen concen-
ration decreases with increasing W/F within the range studied,
hereby the reactor can sustain autothermal reactions. This does
ot mean that the rate of hydrogen produced decreases with

ig. 5. Methane conversion vs. W/F ratio at different A/F ratios
VCH4 = 120 l h−1).

s
g

F
W

ig. 7. Variation of hydrogen dry concentration vs. W/F ratio at different A/F
atios (VCH4 = 120 l h−1).

ncreasing W/F because of the increased water vapour content
n the products. When removing the water vapour from the prod-
cts, the dry hydrogen concentration increases with increasing
The effect of W/F on the flow of hydrogen produced can be
een more clearly in Fig. 8, which shows that the moles of hydro-
en produced per mole of methane fed into the reactor increases

ig. 8. Mole of hydrogen produced per mole of methane fed into the reactor vs.
/F ratio at different A/F ratios (VCH4 = 120 l h−1).
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Fig. 9. Mole of hydrogen produced per mole of methane fed into the reactor vs.
A/F ratio at different W/F ratios (VCH4 = 120 l h−1).
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Fig. 12. Mole of carbon monoxide produced per mole of methane fed into the
reactor vs. W/F ratio at different A/F ratios (VCH4 = 120 l h−1).

F
r

m
s
a

The variation of CO concentrations and CO moles against
A/F and W/F ratios is shown in Figs. 10–13. Both wet and
ig. 10. Variation of carbon monoxide wet concentration vs. W/F ratio at dif-
erent A/F ratios (VCH4 = 120 l h−1).

ith increasing W/F. On lowering the A/F, the maximum W/F
t which the reactor can sustain an autothermal reaction is low-
red due to the reduced heat release to vaporize water and to
ompensate the endothermic steam reforming reaction.
The effect of A/F on the moles of H2 produced, on the other
and, is different as can be seen in Fig. 9. The moles of H2 pro-
uced reaches a peak for A/F ratios between 3 and 3.5 with a
/F ratio of 2–2.5. Under these mixture conditions, the maxi-

ig. 11. Variation of carbon monoxide dry concentration vs. W/F ratio at dif-
erent A/F ratios (VCH4 = 120 l h−1).

d
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ig. 13. Mole of carbon monoxide produced per mole of methane fed into the
eactor vs. A/F ratio at different W/F ratios (VCH4 = 120 l h−1).

um moles of hydrogen is about 1.8 moles per mole of methane
upplied and the wet and dry hydrogen concentrations reach 28
nd 40%, respectively.
ry CO concentrations and the moles of CO produced per mole
f methane dramatically decrease with increasing W/F. This is

ig. 14. Catalyst temperature along reactor at different W/F ratios (A/F = 3,

CH4 = 120 l h−1).
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ig. 15. Catalyst temperature along reactor at different A/F ratios (W/F = 2,

CH4 = 120 l h−1).

ecause of increase in the water-gas shift reaction in the reactor.
he effect of A/F on CO generation is similar to that on hydrogen
eneration. With an A/F of 3–3.5 and a W/F of 2–2.5, the wet
O concentration is as low as 5–7%, the dry CO concentration

s 7–9% and the moles of CO is as low as 0.4–0.45 per mole of
ethane supplied.
The distribution of catalyst temperature in the reactor at

ifferent W/F and A/F ratios is shown in Figs. 14 and 15, respec-
ively. In general, the catalyst temperature is lowest in the front
art, highest in the middle part and lower in the rear part of
he reactor. This can be explained as follows: the front part is
ooled by the inlet mixture of low temperature, the middle part
s heated by heat release from the total combustion of methane,
hile the endothermic steam reforming reaction is prominent,

n the rear part the reactor. Increasing W/F leads to more cool-
ng of the front part, which causes the temperature in this area
o decrease. As a result, more of the total combustion reaction
f methane shifts to the middle part and increases temperature
here (Fig. 14). At a fixed W/F, an increase in A/F means an
ncrease in the combustion rate and heat release and, hence, the
eactor temperature increases (Fig. 15).
The effect of inlet methane flowrate on the reforming per-
ormance is presented in Figs. 16–18, which show gas concen-
rations in the wet product, methane conversion and moles of

ig. 16. Wet product gas concentrations at different methane flowrates (A/F = 3,
/F = 2).

(
p
i

F
v

Fig. 17. Methane conversion vs. methane flowrate (A/F = 3, W/F = 2).

ydrogen produced per mole of methane under different flow
ates of methane feed at A/F = 3 and W/F = 2. Increasing the
ate of methane feed beyond 250 l h−1 will decrease methane
onversion (Fig. 17). This leads to a decrease in H2 concentra-
ion in the products and the moles of H2 produced per mole of
H4 feed (Fig. 18). The decrease in methane conversion with

ncreasing feed flowrate is due mainly to the change of tem-
erature profile in the reactor. With the flowrate of feed gas
xceeding a certain value (250 l h−1 in the present experiment),
higher flowrate will cause more cooling of the front part of the

eactor and result in more inactive catalyst and, hence, a lower
hemical reaction rate.

Based on the results presented and discussed above, it can be
een that the optimum operating conditions for the autother-
al reactor to achieve high hydrogen yield, a high methane

onversion and a high number of moles of hydrogen produced
er mole of methane feed are an A/F of 3–3.5 and a W/F of
–2.5 under a flowrate of methane of 120–250 l h−1. With these
onditions, methane conversion can reach 95–99%; to the hydro-
en concentration can reach 39–41% of dry products (28–30%
et products); the moles of hydrogen can reach 1.8 per mole
f methane feed CO concentration can be as low as 7–9% dry

5–7% wet) and the number of CO moles can be as low as 0.4–0.5
er mole of methane feed. Under these feed conditions, the max-
mum catalyst temperature will not exceed 850 ◦C.

ig. 18. Mole of hydrogen produced per mole of methane fed into the reactor
s. methane flowrate (A/F = 3, W/F = 2).
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Table 2
Equilibrium constants

Reaction Equilibrium constant Kej

2 5.75 × 1012 × e−95411/(RT) (bar2)
3 1.26 × 10−2 × e38568/(RT)

4 7.24 × 1010 × e−179960/(RT) (bar2)

Table 3
Adsorption constants

Species Koi (bar−1) �Hi (J mol)

CH4 (Combustion) 2.02 × 10−3 −36330
O2 (Combustion) 7.4 × 10−5 bar0.5 −57970
CH4 1.995 × 10−3 −36650
CO 8.11 × 10−5 −70230
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r
in length) and is filled with a spherical sulfide Ni catalyst with a
size of 1.75 mm and 9.8% active metal. Radiation in a catalyst
bed can be significant only at temperatures above 1000 ◦C [17].
The maximum catalyst temperature in this study is less than this
254 D.L. Hoang et al. / Journal of P

. Mathematical model

.1. Chemical reaction scheme

In addition to the experimental investigation, modelling work
as been conducted to examine further the conversion behaviour
f the ATR process inside the reactor. The model includes
etailed reactions associated with partial oxidation and steam
eforming. The detailed analysis of chemical reactions in these
rocesses to determine the reaction scheme for ATR has been
resented elsewhere [10,11]. The main reactions considered in
he model are as follows:

CH4 + 2O2

→ CO2 + 2H2O �H1(298) = −802, 000 kJ kmol−1 (1)

CH4 + H2O

↔ CO + 3H2 �H2(298) = 206, 000 kJ kmol−1 (2)

CO + H2O

↔ CO2 + H2 �H3(298) = −41, 000 kJ kmol−1 (3)

CH4 + 2H2O

↔ CO2 + 4H2 �H4(298) = 165, 000 kJ mol−1 (4)

Thus, the model takes into account four reactions (1)–(4) and
ix gas species, i.e., methane, oxygen, carbon dioxide, water,
arbon monoxide and hydrogen, nitrogen present in the inlet air
s considered as a diluent, which affects only the gas properties.

Kinetic rate equations and kinetic data applied for sulfide
ickel catalyst in this work are adopted from earlier studies with
he same catalyst [10]. The rate equations and kinetic data for
qs. (1)–(4) are as follows:

1 = k1pCH4p
1/2
O2

(1 + KC
CH4

pCH4 + KC
O2

p
1/2
O2

)
2 (5)

2 = k2

p2.5
H2

(
pCH4pH2O − p3

H2
pCO

Ke2

)
× 1

Q2
r

(6)

3 = k3

pH2

(
pCOpH2O − pH2pCO2

Ke3

)
× 1

Q2
r

(7)

4 = k4

p3.5
H2

(
pCH4p

2
H2O − p4

H2
pCO2

Ke4

)
× 1

Q2
r

(8)

r = 1 + KCOpCO + KH2pH2 + KCH4pCH4 + KH2OpH2O

pH2

here Rj (kmol kgcat−1 h−1) is the rate of reaction j (j = 1–4);
CH4 , pO2 , etc. are, respectively, the partial pressures of gas
pecies CH4, O2, etc.; kj = koj × e−Ej/RT is the kinetic rate
onstant of reactions j (j = 1–4) and is determined from Ref.

10]. The kinetic data are shown in Tables 1a and b, where
oj is a constant, Ej (kJ kmol−1) the activation energy; R
kJ kmol−1 K−1) the universal gas constant; T (K) the gas tem-
erature in the reaction zone; Kej the equilibrium constant of
2 7.05 × 10−9 −82550

2O 1.68 × 104 bar 85770

eaction j (j = 2–4) Table 2; KC
i = KC

oi × e−�HC
i

/RT the adsorp-
ion constant of species i (i = CH4, O2) in oxidation reaction
1); Ki = Koi × e−�Hi/RT the adsorption constant of species i
i = CO, H2, CH4, H2O) in reforming reactions (2)–(4), which
an be found in Table 3.

The rate of consumption or formation of an individual gas
pecies based on reactions (1)–(4) is determined by summing
p the reaction rates of that species in all four reactions, i.e.,

CH4 = −R1 − R2 − R4 (9)

O2 = −2R1 (10)

CO2 = R1 + R3 + R4 (11)

H2O = 2R1 − R2 − R3 − 2R4 (12)

CO = R2 − R3 (13)

H2 = 3R2 + R3 + 4R4 (14)

here ri is the conversion rate of gas species i (i = CH4, O2, etc.).

.2. Model development

The schematic layout of the reactor is shown in Fig. 19. The
eactor is of a cylindrical shape (30 mm in diameter and 200 mm
Fig. 19. Schematic layout of 2-D reactor.
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imit, and thus radiative heat transfer can be omitted. Moreover,
ecause the gas flowrate is relatively low and the void fraction
f the bed is high (0.35), the pressure drop is assumed to be neg-
igible. To simplify the model, it may be assumed that the gas
ow in the reactor is uniform, and thus a 1-D model can be used
or the reactor. The radial dispersion of the gas flow due to a cat-
lyst particle size of 1.75 mm and the radial heat transfer due to
eat loss through the wall of the reactor may have some effects
n the overall reforming performance. To take these effects into
ccount, a 2-D reactor model is more appropriate to describe the
eforming behaviour under the mentioned conditions [11,18].
ence, a 2-D model is developed in this study. Since the dis-
ersion coefficient in the axial direction is much smaller than
he effect of gas velocity, it can be ignored without significant
nfluence on the calculation results. In addition, the heat con-
uctivity of the gas is much smaller than that of the catalyst bed,
nd therefore can be omitted. In the gas phase, changes in the
as properties and concentrations with time are normally much
maller than those with space, especially when the operation is
n a quasi-steady state; hence they can be ignored within a small
tep time.

With the assumptions mentioned above, the basic governing
quations of the model based on the mass and energy balance
or the gas phase and solid phase of the reactor are as follows:

∂Ci

∂z
= Ddpi

(
∂2Ci

∂r2 + 1

r

∂Ci

∂r

)
+ ρcatri (15a)

ρgcpg
∂Tg

∂t
= −uρgcpg

∂Tg

∂z
+ Shh(T − Tg) (16)

bcpb
∂T

∂t
= K

(
∂2T

∂r2 + 1

r

∂T

∂r
+ ∂2T

∂z2

)

+ Shh(Tg − T ) + ρcat

4∑
j=1

(−�Hj)Rj (17a)

here i denotes the gas species; j denotes reaction index; ρg, ρcat,
b (kg m−3) the densities of gas, catalyst and bulk catalyst bed,
espectively; cpg and cpb (J kg−1 K−1) the specific heats of the
as and the catalyst bed, respectively; ε the void fraction of the
atalyst bed; hDi (m s−1) the mass transfer coefficient of the gas
omponent i; h (W m−3 K) the heat transfer coefficient; T and Tg
K) the temperature of solid phase and gas phase, respectively;
i (mol m−3) the concentration of gas species i; r and z (m) are
ylindrical coordinates; Sh (m−2 m−3) the heat transfer area per
olume of the catalyst bed; �Hj (J mol−1) the heat of reaction
; K (W m−1 K−1) the heat conduction coefficient of the catalyst
ed; Ddpi the dispersion coefficient of gas component i; u (m s−1)
s the superficial gas velocity equal to the ratio of the volume
ow rate to the cross-section area of the reactor.

The dispersion coefficient of gas in a catalyst bed is dependent
n molecular gas diffusion, bulk gas velocity and pellet diameter

nd can be expressed as [19]:

dpi = ε

(
Di

τbed
+ 0.5dpu

) f
a
a

Sources 159 (2006) 1248–1257 1255

here dp is pellet diameter; Di the gas diffusivity of species i to
he mixture of the other gas in the reactor; τbed is tortuosity of
he bed and is correlated to the void fraction of the catalyst bed
as follows [20]:

bed = 1√
ε

Based on the phenomena of the gas flow and operating con-
itions of the reactor, the initial and boundary conditions are set
s follows:

nitial condition t = 0 : T = To; (18)

t the reactor inlet face z = 0 : Tg = T in
g ; Ci = Cin

i (19)

t the reactor outlet face z = L :
∂Ci

∂z
= 0;

∂Tg

∂z
= 0 (20)

t the reactor centre r = 0 :
∂Ci

∂r
= 0;

∂Tg

∂r
= 0 (21)

With these conditions, Eqs. (15a) and (17a) can be replaced
y Eqs. (15b) and (17b), respectively, i.e.,

∂Ci

∂z
= 2Ddpi

∂2Ci

∂r2 + ρcatri (15b)

bcpb
∂T

∂t
= K

(
2
∂2T

∂r2 + ∂2T

∂z2

)

+ Shh(Tg − T ) + ρcat

4∑
j=1

(−�Hj)Rj (17b)

At the interfacial surface of the inner reactor wall and the
atalyst bed r = R:

∂Ci

∂r
= 0; K

∂T

∂r
= α(T − Ta) (22)

here Ta is the ambient temperature; α the overall heat transfer
oefficient through the reactor wall; K (W m−1 K−1) is the heat
onduction coefficient of the catalyst bed.

The heat transfer coefficient between the catalyst and the gas,
(W m−2 K−1), is determined using the Colburn factor [21].

he overall heat transfer coefficient through the reactor wall, α,
s determined from:

1

α
= 1

hi
+ b

λ
+ 1

ho
(23)

here b is thickness of the reactor wall including the insula-
ion layer (m); hi and ho are the heat transfer coefficient on
he inside and outside of the reactor wall (W m−2 K−1), respec-
ively, while λ the heat conduction coefficient of the reactor wall
W m−1 K−1), which can be taken from Ref. [22]; hi is given
y Cussler [23] and ho for free convection is taken from Ref.
11,24].
The set of three governing Eqs. (15)–(17) with Eqs. (18)–(22)
or the initial and boundary conditions, combined with the heat
nd mass transfer coefficients is then solved for the temperature
nd gas concentration along and across the reactor using a finite
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Fig. 22. Predicted catalyst temperature along the reactor at different W/F ratios
(A/F = 3, VCH4 = 120 l h−1).
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ig. 20. Comparison between predicted and measured methane conversions at
ifferent W/F and A/F ratios (VCH4 = 120 l h−1).

ifference method. The overall temperature and compositions of
he products are obtained from the predicted values at different
pace elements at the rear face of the reactor.

.3. Modelling results

The program code is run under initial catalyst temperature
0 = 673 K (400 ◦C), at which the reactor can light-off and sus-

ain autothermal reactions [11]. The inlet mixture compositions
nd flowrate are set to the same values as that of the experiment
arried out previously. When the reactor is at a fully steady-state
all output parameters are stable), the gas parameter inside the
eactor and the product compositions are extracted. Some typi-
al predicted data under a fuel flowrate of VCH4 = 120 l h−1 are
resented in Figs. 20–25.

The predicted and measured conversion of methane under dif-
erent W/F and A/F are compaired in Fig. 20. There is quite good
greement between the two sets of data. The agreement between
odelling and experimental results is also seen in Fig. 21, which

hows the dry gas product concentrations at A/F = 3 and differ-

nt W/F. With this successful validation, the simulation program
ode can be used to study the conversion behaviour inside the
eactor.

ig. 21. Comparison between predicted and measured gas concentrations at
ifferent W/F ratios (A/F = 3, VCH4 = 120 l h−1).

t
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ig. 23. Predicted methane conversion inside the reactor at different W/F ratios
A/F = 3, VCH4 = 120 l h−1).

The catalyst temperature along the reactor at A/F = 3 and dif-
erent W/F is given in Fig. 2. Increasing water content at the inlet
eads to a change in the temperature profile of the catalyst bed.
he front part of the reactor is cooled down with increasing W/F.
his then causes the methane conversion to decrease sharply in
he front part of the reactor, as seen in Fig. 23, and hence results
n a decrease in the overall conversion.

The formation of hydrogen and carbon monoxide in the reac-
or is shown in Figs. 24 and 25, respectively, the decrease in

ig. 24. Predicted wet hydrogen concentration inside the reactor at different
/F ratios (A/F = 3, VCH4 = 120 l h−1).
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ig. 25. Predicted wet carbon monoxide concentration inside the reactor at dif-
erent W/F ratios (A/F = 3, VCH4 = 120 l h−1).

ydrogen formation with increasing W/F is a consequence of
he decrease in methane conversion presented in Fig. 23. The
ecrease of carbon monoxide, on the other hand, is due to the
mproved water-gas shift reaction at lower temperature and high
ater content.
The simulation code allows determination of all the gas

arameters and the catalyst temperature at any position inside
he reactor and, hence, it can be used to study the factors that
nfluence the reforming performance and for optimum reactor
esign.

. Conclusions

Autothermal reforming of methane over a sulfide nickel cata-
yst is investigated experimentally and theoretically. The exper-
ments are carried out under thermally neutral conditions in a
ylindrical reactor of 30 mm in diameter and 200 mm in length.
he results show that the conversion behaviour of the reactor
trongly depends on A/F, W/F and the inlet mixture flowrate.
he optimum condition of autothermal methane reforming is

ound at a molar A/F of 3–3.5, a molar W/F of 2–2.5 and a
uel flowrate below 250 l h−1. Under these conditions, methane
onversion is 95–99%; the hydrogen yield the 39–41% on a dry

asis, and 1 mole of methane can produce 1.8 moles of hydro-
en. The carbon monoxide concentration is as low as 7–9% on
dry basis (5–7% on a wet basis), or 0.4–0.5 mole per mole of
ethane feed.

[
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A two-dimensional heterogeneous reactor model has been
uccessfully developed and validated. The study considers four
ain simultaneous chemical kinetic reactions that involve six

pecies with detailed kinetic conversion and heat and mass trans-
er phenomena in the reactor. The model is useful for analysis
f the factors that influence the reforming performance and for
ptimum reactor design.
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